Gasification of biomass into suitable feedstock has become a feasible alternative technology for reducing the use of energy feedstock from fossil sources. Usually, fluidized bed technology is used in the biomass gasification reactor.
Introduction
This studt is part of ongoing research project at Porsgrunn campus of University College of Southeast Norway, aiming at improving on the processes utilizing alternative fuels from biomaterials.
Background
Gasification of biomass into suitable feedstock for energy production has become a feasible alternative technology for reducing the use of energy feedstock from fossil sources. Usually, fluidized bed technology is used in the biomass gasification reactor Optimization of a fluidized bed for a biomass gasification process needs to take into account the fluidization behavior of a mixture of biomass and bed material, as well as chemical conversion of particles and volatiles, among other process parameters. CFD simulation of the process is a valuable tool to go about the optimization. However, simulation result validation is limited by the accuracy of input parameters such as those characterizing several drag models given in the literature. Due to limited space, this study is focusing on the drag model parameters.
The simulation setup is based on the physical dimensions used in a cold flow experiments (1.5 m high, 8.4 cm diameter). This study supports simulation of a 20 kW fluidized bed gasification reactor located at University College of Southeast Norway.
Aims
The simulation is aimed at validating some of the commonly used models for drag forces against the bed material used in the fluidized bed gasification reactor. Drag models included in this study are those given by Syamlal and O'Brien (Syamlal & O'Brien, 1988) , Gidaspow (Ding & Gidaspow, 1990) , and Beetstra et al. (BVK model) (Beetstra et al., 2007) .
Methods
The bed material has been characterized, and tested in cold bed setup. The results are compared with CFD simulations using different drag models. The key factors for validation of the drag models are based on the superficial gas velocity at the minimum fluidization condition and the degree of bed expansion. Distribution of void fraction and bubbles within the bed are also considered.
Cold bed experimental setup
The experimental setup consists of a vertical cylindrical column of height 1.5 m and base diameter of 0.084 m as shown in Figure 1 . The bottom of the column is fitted with a porous plate. The porous plate ensures even distribution of air within the bed. The rig is fitted with ten pressure sensors, measuring the fluid pressure in the column up to the height of about 1.0 m. The pressure measurement P2 is placed 0.038 m above porous plate. Compressed air at ambient temperature is used as the fluidizing medium. Characterization of bed material and the experimental conditions are given in Table 1 and The experiments were conducted at increasing gas flow rate from 0.02 m/s to 0.40 m/s. For each volumetric airflow rate, the pressure data were acquired over 60 s. Two cases were demonstrated to compare the influence of gas distributor plate on the hydrodynamics of the bed. In one case, the porous plate is fitted while air is allowed into the bed across the plate. In the second case, the plate was removed for the same range of gas velocities. With 1 https://mfix.netl.doe.gov/ porous plate removed, the bed material falls down into plenum, and extra bed material was added to compensate the dead zone below air inlet. With the porous plate in place, the pressure drops across the bed at two different positions were computed from 
CFD Simulation software
The CFD simulations are performed using the MFiX CFD-software (version 2016.1) from The National Energy Technology Laboratory (NETL)
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. The theory used for simulations is outlined by Syamlal et al. (Syamlal et al., 1993) and a brief overview of MFiX equations is given by Li et al. (Li et al., 2010) .
The interaction of solids and fluid has been simulated using the two-fluid-model (TFM), which is an EulerEuler fluid-particle multiphase transport model. For fluidized beds, the Eulerian formulation of the solid phase conservation equations is favorable due to the high solids loading occurring in such systems. The solid phase is treated as a continuous fluid although it actually consists of many individual particles. Thus, the tangential and normal forces are represented by a solids viscosity and the so-called solid pressure. Furthermore, a model for the drag force between the phases is required. One disadvantage of the Eulerian approach is the necessity to use a separate set of conservation equations for each size and density class of particles. 
Particle diameter in fluid dynamics
Fluid-particles drag forces mostly characterize the fluidized beds. The drag forces act against the forces due to the weight of solid particles in the bed. At the minimum fluidization condition, these two opposite forces become equal. This indicates that the bed bulk density (product of material density and the solids volume fraction), is a key input parameter for the simulation. Since the fluid-particles drag forces depends on the particle size, particle size distribution and particle shape, these parameters play also key roles in the simulation inputs. Most models for calculating drag forces assume spherical and mono-sized particles, thus it is necessary to apply some corrections factors to account for differences in simulation model against the real situation when the non-spherical particles are used. In general, this can be achieved by replacing the nominal particle diameter with an equivalent diameter that results in the correct forces calculated.
The Sauter mean diameter, , is commonly used to characterize particles having the same volume/surface area ratio as a particle of interest. In its simplest form, it can be expressed as:
( 1) where and are the volume and the surface area of the particle, respectively. Several measurements are usually carried out to obtain the average value.
Another property characterizing particles is the sphericity, which measures the extent a single particle resembles a perfect spherical particle. As defined by Wadell (Wadell, 1935) , it is the ratio of the surface area of a sphere (with the same volume as the given particle) to the surface area of the particle:
Another definition is given by Krumbein (Krumbein, 1941) as:
where and are the volume and the diameter of a circumscribed sphere around the particle, respectively, and is the nominal diameter of the particle. Nominal diameter of particle can be considered as the average diameter of sieve used and the circumscribed sphere diameter can be obtained from optical measurements.
The effect of broad or narrow particle size distribution (PSD) on the decision made on which equivalent diameter results in the correct forces, is not well described in literature. Furthermore, the outcome of a measurement of PSD depends on the method used (optical measurements, sieving, laser diffraction etc). For this study, the equivalent diameter, used in the simulation is obtained by trials based on computation of minimum fluidization velocity and comparing the results with the experimental data. The trial simulation is initiated with the effective particle diameter , which corresponds to the equivalent diameter where = 1 as given in Equation (4). = × (4)
Drag models
The drag models considered in this study are those given by Syamlal and O'Brien (Syamlal & O'Brien, 1988) , Gidaspow (Ding & Gidaspow, 1990) , and Beetstra et al.
(BVK model) (Beetstra et al., 2007) . The implementation in MFiX software requires no further input for the Gidaspow and BVK models. The MFiX implementation of the Syamlal and O'Brien drag model requires two parameters to fit the experimental data or calculated value for minimum fluidization velocity. A calculation sheet for this parameter fitting is supplied at the NETL web site (Syamlal) . The parameters used for this work are given in Table 3 . 
CFD Simulation Parameters
The simulation parameters are listed in Table 4 . Materials: Fluid: Air, density = 0.001178 g/cm³ Particles: See Table 1 TFM parameters: 
Results and discussion
The minimum gas velocity for fluidization is obtained from the variation of the calculated bed pressure drops with gas velocities. Typically, the pressure drop over the bed is linearly increasing with gas velocity for gas velocities below the minimum fluidization velocity, and invariant of gas velocities above the minimum fluidization velocity. Bubbles rising in the fluidized bed results in fluctuations of the pressure drops. The reported data for pressure drops are timed-average values taken over the last 1.5 min of the 4 min simulation time. The minimum fluidization velocity is obtained at the point of intersection between the lines fitting the data within the fixed and fluidized states. The rate of bubble rise and eruption from the bed is visible through the increase in pressure fluctuations, and based on this the bubble frequency is calculated for different velocities. Similarly, the time profile of void fraction at a fixed height also gives information about bubble frequency and size.
In the simulation, the total bed height at a given gas velocity is deduced from the pressure profile along the vertical positions in the column. The center of the lowest computational cell where there is no further increase in pressure is used as the top of bed; see Figure 2 for an example. This method results in a small systematic error due to a limited cell resolution used for the calculation. The error is cancelled out when calculating the bed height increase. 
Cold bed results
The experimental bed pressure drops at different gas velocities are shown in Figure 3 . Results from similar runs with the porous distributor plate removed are also shown. From these results, the minimum fluidization velocity of the sand particles is determined as 0.156 m/s for the case with gas distributor. For the case where there is no gas distributor, the figure shows that a slightly higher minimum fluidization velocity could be obtained. The results also show that the bed pressure drop is lower without a gas distributor for the same superficial air velocity. There are also variations in the maximum pressure drops in both cases compared with the static pressure due to weight of the bed. 
CFD Simulation Results
Initial simulations were performed using the sphericity corrected nominal diameter, that is for a = 1 in Equation (4). Results from simulations are shown in Figure 4 through Figure 6 for the different drag models. The simulated minimum fluidization velocity based on Syamlal & O'Brien drag model agrees very well with the experimental result as expected since the model parameters have been fitted. Moreover, the agreement between the simulated result and the experimental data is better using the BVK drag model compared with the Gidaspow drag model. For the bed height increase, there is a significant variation in the results obtained from the different drag models. It should be noted that for further comparison of the drag models, each drag model is modified by incorporating the effect of sphericity in the nominal particle diameter as described in Equation (4). The value of the parameter for each drag model is obtained by trial based on the simulated minimum fluidization velocity compared with the experimental data. Linear interpolation is also employed to reduce the number of trial simulations. The results are summarized in Table 5 and Figure 7 . When the optimum particle diameter are used, all the drag models give the same minimum fluidization velocity as the experiment. 
Bed behavior
The simulated bed heights at different gas velocities are compared for different drag models as shown in Figure 8 . The optimum equivalent diameters from Table 5 are used for these simulations. The two different particle diameters using Syamlal & O'Brien drag model show identical bed behavior: Steady increase in the bed height and particulate fluidization above minimum fluidization velocity. No evidence of bubble flow using this model.
Using the Gidaspow and BVK drag models, the bed shows a similar behavior. There is a strong evidence of a well-defined bubble formation and less defined bed height. The bed height obtained from these models are smaller than those from the Syamlal & O'Brien drag model for the same gas velocity above the minimum fluidization velocity. However, the results from the BVK model are slightly lower when compared with those from the Gidaspow model. The two sets of simulations using BVK drag model with two close Proceedings of the 58th SIMS September 25th -27th, Reykjavik, Iceland particle diameters do not overlap, indicating strong sensitivity of this model with particle diameter. Figure 7 . Minimum fluidization velocity from simulations using particle diameters 242, 363 and 484 µm. Figure 9 shows the simulated pressure drops using different drag models as compared with the experimental data. As the superficial gas velocity is increased, the bed pressure drop per unit length increases up to the minimum fluidization velocity. As can be seen, the simulation results lie between the two sets of experimental data. The experimental data show a substantial effect of using a distributor plate. The lower pressure drop without distributor plate might be explained from the channeling effects where only a part of the bed is lifted upon fluidization. The red line in Figure 9 corresponds to the calculated static pressure from lifting the weight of the bed, which is independent on bed height though. Theoretically, this corresponds to the bed pressure drop at the point of minimum fluidization velocity. Slightly above the point of minimum fluidization velocity, the bed pressure drop decreases and then remains constant. This effect is also accompanied with a slight bed expansion to allow passage of bubbles. As the bed remains in bubbling regime, the bed pressure drop remains constant. This behavior is also captured with the simulation results.
In (Agu et al., 2017) , the solids fraction distribution was measured at different gas velocities in a set up equipped with a dual-plane Electrical Capacitance Tomography (ECT) sensors with the 484 µm sand particles as the bed material. Figure 10 and Figure 11 show the ECT images of the solid fraction in the bed, which are stacked in time for 10 s of the airflow at 0.25 and 0.31 m/s, respectively. The number of bubbles passing through the bed per unit time can easily be seen. The bubbles coalesce into single larger bubbles as they rise up the bed. Table 6 compares the computed bubble frequencies based on the simulation using the Gidaspow and BVK drag models and with those obtained from the experimental results shown in Figure 10 and Figure 11 . For the Syamlal & O'Brien drag model, no bubble flow is predicted. As can be seen, the bubble frequencies from the Gidaspow and BVK are fairly in agreement with the experimental data. 
Conclusions
The Syamlal & O'Brien drag model parameters are fitted versus the experimental minimum fluidization velocity and thereby reproduce this bed behavior independent from choice of particle diameter used in simulation. This allows for the number of particles in simulation being close to the actual number of particles used experimentally. The bubbling bed behavior was not captured.
The BVK drag model reproduced the experimental minimum fluidization velocity when sphericity corrected diameter of particles were used. On the other hand, simulations using alternative particle diameters showed rather high sensitivity to simulation particle diameter, and verification versus experimental data is recommended.
The Gidaspow drag model resulted in a rather large deviation from experimental results when the sphericity corrected diameter was used. On the other hand, optimizing the simulation particle diameter resulted in bed behavior close to using the BVK drag model. Both models resulted in similar bed height increase and bubble size and frequency. There was a significant deviation from experimental results on bed height increase (unit length pressure drop) and bubble frequency for both models.
